[bookmark: _GoBack]SUPPLEMENTARY MATERIAL
Feasibility of S-rich streams valorization through a two-step biosulfur production process
M. Moraa*, E. Fernández-Palaciosa, X. Guimeràb, J. Lafuentea, X. Gamisansb, D. Gabriela
aGENOCOV Research Group, Department of Chemical, Biological and Environmental Engineering, Escola d’enginyeria, Universitat Autònoma de Barcelona, 08193 Bellaterra, Spain
bDepartment of Mining Industrial and ICT Engineering, Universitat Politècnica de Catalunya, Avinguda de les Bases de Manresa 61-73, 08240 Manresa, Spain.
(*corresponding author: mabel.mora@uvic.cat)

S1. Experimental setup for SOx absorption
Figure S1 shows the schematic diagram of the absorption unit used in this study. The spray tower was fabricated in PVC and consisted of a gas-liquid contact section (5.9 cm of internal diameter and 30 cm high) and a liquid reservoir (11 cm of internal diameter and 20 cm high) with a working volume of 1800 mL. Sorbent was injected into the top of the column using a peristaltic pump (7554-94 L/S pump, Masterflex, USA), and was atomized in drops of 50-100 μm in diameter through a spray nozzle (490.403.1Y.CA, Lechler, Germany). The synthetic flue gas consisted of a mixture of SO2 and air, prepared by mixing metered amounts of both gases using mass flow controllers (EL-Flow Select, Bronkhorst, The Netherlands). The flue-gas was fed counter-currently from the bottom of the spray tower. Residual flue gas was bubbled through a NaOH filter before its emission to the atmosphere.

[image: ]
Figure S1. Schematic of the bench-scale absorption unit used to study SO2 removal from a flue gas mimic. (1) spray absorber, (2) bottled air, (3) bottled SO2, (4) sorbent tank, (5) sorbent pump, (6) air mass flow controller, (7) SO2 mass flow controller, (8) SO2 sensor, (9) NaOH filter, and (10) acquisition computer.

The influence of the flue gas temperature on SO2 removal efficiency was evaluated previously to the performance of additional tests. The liquid temperature at the beginning of the experiments was kept at 25ºC. Table S1 shows the results obtained in the tested range. As can be observed, the removal efficiency of SO2 was not influenced by the temperature of the flue gas since the solubility of SO2 in the liquid phase is mainly influenced by the pH and temperature of the liquid phase.


Table S1. Influence of flue gas temperature on SO2 removal efficiency assessed in the spray scrubber operated under a flue gas contact time of 2 s and a L/G ratio of 7.5 L m-3.
	Flue gas temperature [ºC]
	RE [%]

	41
	54.1±2.9

	58
	57.6±5.5

	64
	45.0±6.2

	71
	54.9±2.9

	79
	49.8±3.2



S2. Experimental setup for biosulfur production
The UASB was a glass-made jacketed reactor connected to a thermostatic bath to control the temperature at 35ºC. The particularity of the UASB was the design since the riser had two different diameters. Most of the riser had a diameter of 51mm but it also had 3 separators distributed along the riser with a higher diameter. The irregularity of the riser could enhance the stability of the operation and maintain the sludge granulation at such low up-flow velocity (0.25 m h-1).  Mineral medium was pumped, together with crude glycerol, from the bottom to the top of the UASB reactor (up-flow of the medium through the bed contained in the riser) at a total flow rate of 0.5 L h-1. The composition of the mineral medium was (g L-1): NH4Cl (0.5), K2HPO4 (3.5) and Na2SO4 (1) dissolved in tap water and adjusted to pH=8.8-9.0 with NaOH (2 M). The flow rate of the organic effluent was set at 1.2 mL h-1. Hence, crude glycerol was diluted to adjust the inlet COD concentration in each operation period. The hydraulic residence time (HRT) considering the reaction volume (sludge bed from 0.85L to 1L) was ranging between 1.7h to 2h. A sample Tedlar bag of 5 L (SKC Inc.) was used to collect and analyze the composition and flow of the biogas produced. Inlet and outlet flows were also sampled every two or three days to analyze COD, sulfur compounds and VFA. The pH and redox potential (ORP) of the effluent were not controlled but continuously monitored and registered. Figures S2 and S3 show the bioreactors sequence (UASB-CSTR) for biosulfur production.
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Figure S2. Diagram of the biological system where (1) Inlet of mineral medium with sulfate and crude glycerol, (2) Sludge purge line to control the cellular residence time, (3) UASB reactor, (4) water jacket connected to a thermostatic bath to control the temperature, (5) recirculation line, (6) biogas collector and storage, (7) pH and ORP monitoring connections, (8) outlet effluent with dissolved sulfide to feed the CSTR and (9) data acquisition system.
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Figure S3. Picture of the UASB-CSTR sequence.

S3. Overall performance of the UASB reactor
Figure S4 shows the experimental profiles (sulfur species, COD, VFA and methane) obtained from the monitoring of the UASB. The start-up of the UASB lasted less than 1 month. Both the slightly higher COD/S-Sulfate ratio in the influent and the improved reactor design helped shortening the start-up time. The utilization of granular sludge was also the key for such a fast start-up since, according to Liu and Hay (2004), the major problem with UASB reactors is the long start-up period that requires from 2 to 4 months for the development of anaerobic granules.
[bookmark: OLE_LINK126][bookmark: OLE_LINK127][bookmark: OLE_LINK128][bookmark: OLE_LINK123][bookmark: OLE_LINK124][bookmark: OLE_LINK125][bookmark: OLE_LINK120][bookmark: OLE_LINK121][bookmark: OLE_LINK122][bookmark: OLE_LINK132][bookmark: OLE_LINK133][bookmark: OLE_LINK134][bookmark: OLE_LINK143][bookmark: OLE_LINK144][bookmark: OLE_LINK145][bookmark: OLE_LINK135][bookmark: OLE_LINK136][bookmark: OLE_LINK137][bookmark: OLE_LINK129][bookmark: OLE_LINK130][bookmark: OLE_LINK131]A constant sulfate concentration of 235±17 mg S-SO42- L-1 was set in the influent until day 115 (period I and period II) while the COD concentration was increased from 890 mg O2 L-1 (Period I) to 1320 mg O2 L-1 (Period II) to obtain higher sulfate removal efficiencies (S-RE). During the first operation period (Period I, Table 2), S-RE and COD-RE of 77.3±14.3 % and 86.2±8.4 %, respectively, were obtained. These values corresponded to sulfate and COD elimination capacities (S-EC and COD-EC) of 2.42±0.54 kg S m-3 d-1 and 10.1±2.3 kg O2 m-3 d-1, respectively. Sulfate concentration in the effluent was not steady until day 65, when the S-RE reached was almost 100 %. At this point the SLR assays were performed (Table 2) to explore the limits of the sulfidogenic UASB during a short-term operating period. Afterwards, the UASB was operated again under Period I conditions. As can be observed in Figure S4A, sulfate concentration was more stable the last 20 days of Period I probably indicating the achievement of an steady acclimation and distribution of the microbial cultures. The second operation period (Period II, Table 2) lasted only 15 days. The slightly higher COD concentration in the influent enhanced the availability of hydrolyzed organic matter, which was probably limiting the reduction of sulfate. The increase of COD and thus the COD/S-Sulfate ratio (COD/S-Sulfate = 5.35±0.61 g O2 g-1 S) allowed obtaining more stability in terms of sulfate concentration in the effluent (Figure S4A) and S-RE. Then, S-RE and COD-RE of 97.3±1.8 % and 89.0±3.6 %, respectively, were obtained. Maximum elimination capacities of 14.55 kg O2 m-3 d-1 and 2.83 kg S m-3 d-1 were also reached during this second operation period (Period II, Table 2). The average pH value was 7.5.
The sulfur imbalance (Figure S4C) was most of the time among ±10 % except when the UASB was operated under higher OLR (Period II and Ending period). This finding was also reported in a previous study (Fernández-Palacios et al., 2019) and it was confirmed that the imbalance was caused by the production of organosulfur compounds. Nonetheless, the imbalance was never higher than 20 %.
Regarding the VFAs production it can be observed in Figure S4D that only at the end of period I and during period II low amounts of acetic acid were detected in the effluent of the UASB. The appearance of acetic acid coincided with the higher values of S-EC and S-RE reached which could mean that sulfate was reduced concomitantly with glycerol and other VFAs oxidation to acetic acid. Although methane production also increased, methanogenic capacity was not high enough to completely deplete acetic acid. 
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[bookmark: OLE_LINK146][bookmark: OLE_LINK147][bookmark: OLE_LINK148]Figure S4. Performance of the UASB reactor. A) sulfate and sulfide profiles, B) COD profiles, C) sulfur mass balance and D) VFAs and methane production profiles. Sulfate and COD concentration in the influent (solid lines), sulfate and COD concentration in the effluent (grey symbols), sulfide concentration in the effluent (yellow symbol), acetic acid, propionic acid and butyric acid (light, medium and dark blue symbols) and methane production (grey shadow).

[bookmark: OLE_LINK173][bookmark: OLE_LINK174][bookmark: OLE_LINK175][bookmark: OLE_LINK176][bookmark: OLE_LINK177]With respect to granulation, it was also partially lost in the upper part of the sludge bed during the UASB start-up; nevertheless, it was fastly recovered in less than 40 days getting granules even bigger than those found in the inoculum (the minimum diameter of half of the sample granules was 553.3 µm). The degranulation and granulation of the biomass could be the cause of such an increase and decrease of sulfate in the effluent of the UASB from day 25 to day 50. The GSD obtained along the sludge bed after 2 months of operation was, in terms of D(0.5) (minimum diameter of half of the sample granules) and from the bottom of the reactor to the top, as follows: 405.2, 528.97 and 691.9 µm. This result can be explained with the production of biogas (Figure S4D) which caused shear stress and had a positive effect over the granulation of the sulfidogenic sludge. An improved granulation and even higher biogas production (a maximum flow of 1.7 m3 CH4 m-3 reactor d-1, with 86 % of CH4) were obtained after 110 days of operation when an upper value of OLR was set (14.2±1.5 kg O2 m-3 d-1). In this study the design of the reactor could also play an important role on granulation or at least stability of SRB even at low upflow velocities (0.25 m h-1). Hao et al. (2016) demonstrated, through stratification studies and hydrodynamic modelling, that a baffled riser enhances the mixing and mitigate short-circuiting of sulfidogenic UASB reactors without gas production. Then, designing a riser with an irregular diameter could reduce the external mass transfer limitation from the liquid phase to the granule. As reported in Reino et al. (2017), upflow velocity (higher upflow velocities and gas production improve the liquid phase mixing due to the increase of mass transfer coefficient and the decrease of the boundary layer) and granule size (higher granules size improve the available surface for mass transfer) are key parameters to improve external mass transfer. In this study the upflow velocity and gas production were really low and sulfidogenic conditions caused granules size reduction. Both variables have a negative consequence over external mass transfer. For this reason an irregular riser was designed in order to increase the granules stress due to a higher instability and mobility and also to improve the gas circulation and thus the mixing of the liquid phase. Both results had theoretically a positive effect on external mass transfer from the liquid phase to the granule. 
The production of biogas during the whole operation was minimized although not avoided. In general terms, the production of biogas is positive since it is an energy-rich gas that can be valorized to improve the economic feasibility of a bioprocess. In a sulfidogenic reactor the production of biogas is not such a positive result since the biogas produced is corrosive (due to the high content of H2S) and should be desulfurized in an ancilliary unit to valorize its energetic content. However, this result means that crude glycerol, a part from being the electron donor to efficiently reduce high loads of sulfate, could be valorized as biogas and energy. The valorization of biogas improves the economic feasibility of the process or at least compensates the cost that represents having an additional reactor for its desulfurization. 
Apart from the UASB operation, the CSTR was also operated during the same period of time to oxidize partially the sulfide produced in the UASB to elemental sulfur. Figure S5 shows the experimental profiles obtained from the operation of the CSTR. 
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Figure S5. Performance of the CSTR. A) sulfate and thiosulfate profiles and B) COD profiles. Sulfate and COD concentration in the influent (black symbol), sulfate and COD concentration in the effluent (grey symbols), thiosulfate concentration in the effluent (white symbol).

Average values of pH and ORP monitored in the CSTR were 7.5 and -380 mV. As mentioned above, oxygen was only supplied through agitation; however, the lack of an agitation control impeded an optimal sulfur production. As can be observed in Figure S4A, sulfate concentration from the UASB effluent was not stable during most of the first operation period (Period I, Table 2). This behavior also caused difficulties to oxidize partially and optimally sulfide to elemental sulfur in the CSTR. Thiosulfate was also produced eventually, probably due to sulfite production. It must be pointed out that an optimal partial sulfide oxidation can be successfully obtained in a CSTR with an adequate aeration control (Janssen et al., 1998). In Figure S4A it can be also observed that during the second operation period of the UASB (Period II, Table 2) more stable sulfate concentration was obtained and, as a result, a better performance of the CSTR. COD was also monitored (Figure S5B) and it was observed that such a low oxygen supply and HRT (12 h) did not probably allow heterotrophic bacteria competing with sulfur oxidizing bacteria (SOB). However, COD contained in the effluent of the UASB was also probably difficult to be degraded and this could be the cause of such a minimal COD removal in the CSTR.

S4. Analysis of biosulfur
The result of the elemental analysis of raw biosulfur and purified biosulfur is presented in Table S2. 

Table S2. Elemental analysis of lyophilized raw biosulfur (S1) and biosulfur without biomass (S2).
	Sample
	C (%)
	H (%)
	N (%)
	S (%)

	[bookmark: _Hlk509422436]S1
	[bookmark: OLE_LINK168][bookmark: OLE_LINK169][bookmark: OLE_LINK170]6.5±0.1
	0.87±0.02
	1.5±0.1
	87.5±0.1

	S2
	3.3±0.1
	0.44±0.02
	0.90±0.06
	94.0±0.4



Figure S6 shows the profiles obtained from the thermogravimetric analysis of biological sulfur.

	A)
	B)

	[image: ]
	[image: ]


Figure S6. Thermogravimetric analysis of centrifuged and lyophilized biosulfur performed with an A) inert atmosphere and B) air. Differential scanning calorimetry (DSC) and weight loss (TG).

S5. Operational conditions considered in the case study
Table S3 shows the operational conditions considered to assess the economical feasibility of the case study.

Table S3. Operational conditions of the UASB-CSTR case study process.
	Operational conditions
	UASB
	CSTR

	Inlet Sulfate-S (kg S m-3)
	0.25
	0.25

	Inlet COD (kg O2 m-3)
	1.25
	0.11

	S-RE (%)
	98 - 100
	98 - 100

	COD-RE (%)
	90
	98 - 100

	Recirculated effluent1 (m3 h-1)
	300
	300

	Treatment capacity (kg S m-3 d-1)
	3.0
	1.5

	pH inlet
	8.5
	7.5

	Reaction volume (m3)
	475
	725

	Number of reactors
	2
	2


1Liquid effluent required for dilution purposes due to the low concentration of sulfate required for the biological process.
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